Modeling vapor-liquid-solid phase behavior in natural gas systems by Ozturk, Mesude
RICE UNIVERSITY 
Modeling Vapor-Liquid-Solid Phase Behavior in Natural Gas Systems 
by 
Mesude Ozturk 
A THESIS SUBMITTED 
IN PARTIAL FULFILLMENT OF THE 
REQUIREMENTS FOR THE DEGREE 
Master of Science 
A P P R O V E D , T H E S I S C O M M I T T E E : 
Walter G. Chapman, William W. Akers Professor 
Chair, Chemical and Biomolecular Engineering 
i,H^ 
Marc A. Robert, Professor 
Chemical and Biomolecular Engineering 
Laura Segatori, T. N. Law Assistant Professor 
Chemical and Biomolecular Engineering 
HOUSTON, TEXAS 
MAY 2010 
UMI Number: 1486065 
All rights reserved 
INFORMATION TO ALL USERS 
The quality of this reproduction is dependent upon the quality of the copy submitted. 
In the unlikely event that the author did not send a complete manuscript 
and there are missing pages, these will be noted. Also, if material had to be removed, 
a note will indicate the deletion. 
UMT 
Dissertation Publishing 
UMI 1486065 
Copyright 2010 by ProQuest LLC. 
All rights reserved. This edition of the work is protected against 
unauthorized copying under Title 17, United States Code. 
uest 
ProQuest LLC 
789 East Eisenhower Parkway 
P.O. Box 1346 
Ann Arbor, Ml 48106-1346 
ABSTRACT 
Modeling Vapor-Liquid-Solid Phase Behavior in Natural Gas Systems 
By 
Mesude Ozturk 
This thesis proposes modeling phase behavior, including the solid phase, during 
gas processing. Failure to accurately predict solid phase formation or freezing of CO2, 
hydrates, and water ice causes plugging and equipment failure. Vapor-liquid-solid phase 
behaviors of hydrocarbons are modeled using the Perturbed Chain-SAFT (PC-SAFT) 
equation of state in the presence of carbon dioxide at cryogenic temperatures. PC-SAFT 
does an excellent job predicting vapor-liquid equilibria (VLE), vapor-solid equilibria 
(VSE), and liquid-solid equilibria (LSE) using binary interaction parameters fit to the 
vapor-liquid equilibria data. Using these parameters produces excellent results for LSE 
and VSE for hydrocarbon + carbon dioxide systems over the entire range of measured 
temperatures and pressures. Predicting accurate solid phase behavior will help in design 
and optimization of processes for cryogenic systems especially when data are lacking at 
process conditions. Further, modeling at extreme high temperatures and pressures 
demonstrates the usefulness of PC-SAFT for deepwater reservoirs. 
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Chapter 1. Introduction 
Natural gas has become one of the main energy sources in U.S. It is used 
primarily for generating steam for electric power plants, producing heat, and as a fuel for 
vehicles. Even though natural gas has been consumed as a fuel for more than 150 years, 
there is an increasing demand for natural gas quite recently. The main reason is that 
transporting and storing the gas is more difficult than transporting and storing the liquid 
fuels . In order to economically transport natural gas from one country to another, its 
density must be increased. Cryogenic processes cool the gas and convert it to liquid form 
that has a higher energy density. Liquefied natural gas is also odorless, non-toxic, non-
corrosive, and colorless. Other than natural gas liquefaction, hydrogen upgrading, and 
recovery of other low boiling components such as ethane, ethylene from natural gas are 
some of the other cryogenic processes. Cryogenic processes are technically and 
economically attractive because of advances on modern overall processing technology. 
Natural gas primarily contains methane; however, there are naturally found 
impurities in natural gas such as heavier gaseous hydrocarbons like ethane, propane; acid 
gases such as carbon dioxide and hydrogen sulfide; water, and other contaminants. In 
most of the cryogenic processes dealing with hydrogen and/or hydrocarbons, strict safety 
measures and precautions are required for demonstrating the behavior of carbon dioxide 
and/or hydrogen sulfide within the process equipment. 
Because carbon dioxide and hydrogen sulfide have high triple points 216.58 K, 
and 187.63 K respectively, formation of solid phase is unavoidable. The presence of a 
solid phase in cryogenic processing produces major problems such as blockage of process 
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equipment, plant shut-downs, and other safety hazards. It makes useful natural gas 
sources uneconomical. 
In cryogenic gas processing, a concern is solids precipitation from contaminants 
in the natural gas. The most general solids formed in gas processing are solid CO2 (dry 
ice), natural gas hydrates and water ice. Dry ice and water ice are both pure phases when 
they form solids. Water ice formation is not as dangerous as dry ice because ice will not 
exist as a pure phase above its triple point. So, if the temperature is above the triple point 
of water (32.018 F/0.01 C), there will be no water ice at this conditions16.However, 
carbon dioxide has a smaller volume when it forms dry ice, therefore carbon dioxide can 
form dry ice at above its triple point temperature (-69.826 F/ 216.56 K), but carbon 
dioxide usually forms ice below its triple point in gas processing. Hydrates are also 
important in gas processing as a solid forming species. Hydrates are formed when a guest 
molecules is enclosed in a solid water cage. They are different than water ice and dry ice 
because they do not precipitate as a pure solid compound. Hydrates are important 
problem because they can form anytime as soon as hydrate formation conditions are 
found. These conditions are presence of a hydrate guest species, sufficient water, and 
temperature and pressures in hydrate formation region which can be above the freezing 
point of water. Usually, hydrate can form easily in gas pipelines at ambient temperatures 
because pressure is enough and there is enough water to form hydrates. 
In this thesis, dry ice formation in a mixture with hydrocarbons will be 
considered. Since methane is the major constituent of natural gas and carbon dioxide is 
the most common contaminant for natural gas, separation of carbon dioxide from 
methane has considerable importance. There are different methods in industry to separate 
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carbon dioxide and other acid gases from methane. Controlled Freezing Zone Process is 
one of the processes that is used by Exxon Mobil. That process includes a cryogenic 
distillation including a controlled freezing zone. Carbon dioxide solidification does not 
prevent thermodynamic distillation of carbon dioxide + methane mixture because the 
process also controls carbon dioxide freezing. In detail, the process includes a cryogenic 
distillation tower which has a zone that controls the solidification of carbon dioxide. 
Therefore, carbon dioxide should not solidify outside of the freezing zone, otherwise it 
causes plugging of the tower and its associated equipments. To make the carbon dioxide 
freeze inside the freezing zone, the liquid that is close to carbon dioxide solidification 
conditions is sprayed into the freezing zone of the tower ("freezing zone liquid 
feedstream"). It is an important problem if the liquid feedstream reaches the solidification 
conditions before entering the freezing zone. The optimum process requires carbon 
dioxide solidification inside the freezing zone not other parts of the system especially in 
freezing zone liquid feedstream lines. Therefore, industry needs a general model for 
optimizing and controlling the solidification conditions of carbon dioxide in the freezing 
zone liquid feedstream lines17. The phase behavior of carbon dioxide systems must be 
known to prevent problems discussed above. However, cryogenic processing cannot be 
designed when the low temperature data are missing. Our modeling will help designers to 
understand freezing conditions of carbon dioxide. 
Because of the difficult experimental conditions and lack of data, modeling these 
systems over a range of conditions is of great importance. There are different models to 
perform phase behavior calculations, but SAFT-based equations give excellent results 
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applied to a wide range of systems including natural gas, cryogenic processes, as well as 
deep water reservoirs at extreme high temperatures and pressures. 
There is an increasing interest for deepwater reservoirs, but fluid properties are 
not known at extreme temperature and pressure conditions. Lack of knowledge will cause 
serious production problems related to phase behavior, deposition, corrosion, and scale. 
We perform viscosity and density predictions to show validation of the PC-SAFT 
equation of state from gas processing at very low temperatures to deepwater reservoirs at 
extreme high temperatures and pressures. 
This thesis gives a review of available data and provides a predictive model that 
describes data over the entire range of temperatures and pressures for vapor-liquid-solid 
equilibria by showing validation of PC-SAFT at extreme high temperatures and pressures 
through gas processing. 
The thesis is laid out in 6 chapters. The literature review is presented in chapter 2. 
Chapter 3 describes modeling techniques and explains the PC-SAFT equation of state in 
detail. Chapter 4 gives general equations for solid, liquid, and vapor phases and 
elucidates modeling of solid-liquid-vapor phase diagram. Chapter 5 presents the model 
results and discussion. Chapter 6 concludes the work and proposes some extensions for 
future work. 
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Chapter 2. Literature Review 
Carbon Dioxide (CO2) freezing conditions can be a limiting factor in gas plant 
designs and can affect project economics. CO2 freeze points have to be predicted for the 
design of cryogenic systems to ensure that freeze conditions are avoided. First of all 
experimental data that are used to test the model ability will be given and overview of 
modeling will be presented for different systems. 
2.1 Literature Data on Experiment 
The first set of data was obtained by Donnelly and Katz in 19541. They 
determined experimentally the methane + carbon dioxide system's critical locus by 
determining the phase diagram of four mixtures near the critical point. They used a glass 
windowed pressure cell in an alcohol bath and they changed the pressure by admitting 
and releasing the mixture as a single phase. The pressure and volume percent of liquid at 
equilibrium were observed by injecting every four mixture to the cell. The table below 
gives their critical temperatures and pressures for four mixtures. 
Table 2.1. Critical Conditions for Methane-Carbon Dioxide System l 
Mol Fraction of CH4 
0.00 
0.12 
0.295 
0.457 
0.82 
1.00 
Critical Temperature, F 
88 
56 
33 
2 
-60 
-116 
Critical Pressure, Lb./Sq. 
Inch Abs. 
1073 
1215 
1250 
1225 
985 
673 
Donnelly and Katz also analyzed vapor-liquid equilibria for seven isotherms (29, 
8, -25, -57, -65,-83, and -100 F) from critical locus to the inception of solid state and 
pressures from 100 to approximately 1000 psi. Furthermore, the three-phase locus at 
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which solid carbon dioxide is in equilibrium with liquid and vapor phase, and the triple-
point liquid composition at all pressures are determined. They also correlated the data 
down to -150 F to show the phase compositions. Based on their experimental data 
Donnelly and Katz commented on carbon dioxide + methane system as normal vapor-
liquid equilibria and critical locus were observed down to the triple point of carbon 
dioxide, but below the triple point solid phase does not allow the vapor-liquid equilibria. 
Also after extrapolating the system down to -145 F, Donnelly and Katz show a eutectic 
point, so below 4% carbon dioxide composition at any pressure there will not be solid 
carbon dioxide phase. As will be shown in detail in chapter 5, our model accurately 
correlates Donnelly and Katz's vapor-liquid equilibria data that has been used by other 
researchers very well. However, the model disagrees with their extrapolation at low 
temperatures. Their data show a eutectic point, but the model does not show any eutectic 
for carbon + dioxide methane system at all. There are other sources that support the 
model results at low temperatures. 
One of the source that has data that agree with our model was obtained by Pikaar 
18
 in 1959. He used two different apparatus to investigate CH4 + CO2 system. A constant-
volume cell apparatus, a non-sampling method, was used to determine vapor-liquid, 
vapor-solid CO2 and liquid-solid CO2 equilibria by the measurements of boiling, dew, 
frost, and freezing points of mixtures ranging from 1 to 20% CO2. Second, Pikaar used a 
saturation cell apparatus, a sampling method, to determine composition of vapor and 
liquid in equilibrium with solid CO2 at pressures up to 100 atm. and temperatures from 
-63°C (-81 F) to -160°C (-256 F). Furthermore, vapor-solid equilibria were expressed 
analytically by an equation involving three temperature-dependent parameters. Pikaar 
7 
compared his low temperature results with the low temperature results and the 
extrapolation of Donnelly and Katz in his thesis. He commented that his results are 
different than Donnelly and Katz's triple point results at -67 C and -73 C. Moreover, 
according to him, at the lower temperatures the disagreement with Donnelly and Katz 
low temperature data amounts to 4 atm. and the triple-point locus that Donnelly and Katz 
determined must be incorrect below -67 C. Pikaar used two different experimental 
techniques and he obtained the same results with both of them. Therefore, it appears that 
Donnelly and Katz have errors in their experiment as well as in their correlation because 
our model agrees with Pikaar data as well as other researchers' data. 
In 1961, Sterner 19 also looked at the methane + carbon dioxide system. Sterner 
extended Donnelly and Katz's experimental data and determined the liquid-vapor 
equilibrium and the boundaries of solid - region near the critical temperature of methane 
(-116F). The apparatus that was used in his experiment circulates the vapor by means of 
a pump, through a constant temperature cell containing liquid. As a result of his study, 
the isothermal pressure-composition diagrams of the liquid-vapor regions close to 
pseudocritical locus at -90, -95, and -100 F were presented. He also showed isobaric 
temperature-composition diagrams at 650 and 750 psia. The 650 psia isobar covered only 
the temperature range from -79 to -118 F and the 750 psia isobar covered the entire 
temperature range for the liquid-vapor equilibria from +60 to -100 F. Furthermore, 
Sterner compared his results with those of Donnelly and Katz ', Pikaar 4, and Wang 20 
data on the three phase equilibria. Since Wang's data were not published, they are not 
used in this thesis. Sterner showed the disagreements between Donnelly and Katz, Pikaar, 
and Wang data in two ways. His first point of disagreement was shown with a 
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temperature-C02 composition diagram and he commented that "The extrapolation by 
Donnelly and Katz leads to appreciable error in liquid-phase concentrations at 
temperatures below -110 F." 19 Sterner's second point of disagreement was presented as 
pressure-temperature relationship of the triple point locus. He commented that "The 
extrapolated locus of triple points by Donnelly and Katz is seen to be higher in 
temperature or conversely, lower in pressure than the experimental data presented in this 
paper."19 Sterner's data showed a good agreement with those of Pikaar. Sterner also 
compared Donnelly and Katz's and Wang's data and he commented that "In the view of 
temperature-concentration agreement of Donnelly's experimental points with those of 
Wang, it appears likely that the pressure measurements by Donnelly of the points in 
question are low by about 75 psi."19 Sterner data showed good agreements with the 
Pikaar and Wang data for methane + carbon dioxide system and showed disagreements 
with Donnelly and Katz data. However, Sterner's data were presented only in graphical 
form not an exact data points; it is difficult to make an accurate comparison. Therefore, 
data from Pikaar, and Donnelly and Katz are modeled in this thesis and data of Sterner 
are compared with other data sources that we have. After all comparisons, our model 
supports Sterner's discussion and agrees with his data points. 
Davis et al. 5 also determined the methane + carbon dioxide system 
experimentally and showed phase behavior of this system at the solid-liquid-vapor locus 
in 1962. They used an equipment consisting of a heavy-walled glass equilibrium cell in a 
silvered Dewar constant temperature bath. The complete description of their equipment 
can be found in a paper by Kohn and Kurata.21 Davis et al. determined the pressure-
temperature relation for the solid-liquid-vapor locus from the triple point of CO2 to -284 
9 
F and they compared their data with the data of Donnelly and Katz. Furthermore, Davis 
et al. showed disagreement between their data and Donnelly and Katz's data below -90 F 
and they also pointed out that there is no eutectic in the methane + carbon dioxide system 
as Donnelly and Katz showed. On the other hand, Davis et al.'s data agree with Sterner 
data except at Sterner's highest temperature point. For vapor phase composition along the 
solid-liquid-vapor locus, Davis et al. sampled the vapor phase at eight temperatures from 
-89.4 to -206 F and a corresponding composition range of 11.73 to 0.12 mole % carbon 
dioxide. And then they presented their results along with Sterner19 and Donnelly and 
Katz's1 data and the agreement of Davis et al.'s results with the data of Sterner was good. 
For the liquid phase composition along the solid-liquid-vapor locus, Davis et al. 
determined crystal formation of eleven mixtures ranging from 20.5 to 0.16 mole % CO2 
and compared their results with the data of Sterner and of Donnelly and Katz. Similar to 
vapor phase Davis et al. data showed a good agreement with the data of Sterner. Our 
model substantiates Davis et al. data and supports Davis et al. discussion about the data 
of Donnelly and Katz and of Sterner. 
Cheung and Zander 22 determined methane + carbon dioxide system as well as 
other systems in 1968. They summarized available solubility data on carbon dioxide and 
hydrogen sulfide in liquid hydrocarbons and extend the data to cryogenic conditions. 
More solubility data for carbon dioxide + propane, carbon dioxide + propane, and carbon 
dioxide + butane and for hydrogen sulfide + methane, hydrogen sulfide + ethane, 
hydrogen sulfide + butane, hydrogen sulfide + ethylene, and hydrogen sulfide + propane 
were presented. Also, the literature data for carbon dioxide + methane, carbon dioxide + 
ethane, carbon dioxide + propane, and hydrogen sulfide + propane systems are checked 
10 
and extended. Their general temperature range including all of their measurements is 
from 87.4 to 194.6 K. Furthermore, Cheung and Zander correlated thermodynamically 
measured and literature binary data and formulated liquid and solid phase equilibrium. 
Based on their binary work, they also made multicomponent predictions based on their 
data and literature data and obtained good agreement. However, they did not give any 
experimental pressure value for the methane + carbon dioxide system at different 
temperatures; their data are not modeled in this thesis. On the other hand, their 
experimental data are compared with the other data sources and the agreement between 
their data and other data sources are good. 
Because carbon dioxide solidification is an important problem, adding heavier 
hydrocarbons to methane + carbon dioxide system will prevent solid carbon dioxide 
formation during the cryogenic processes. Therefore, in this thesis the butane + methane 
+ carbon dioxide and the ethane + methane + carbon dioxide systems are also modeled. 
However, there is lack of data for three component data. For that reason, there is a 
difficulty to model three-component systems and to compare the experimental data with 
other experimental data. The only source that includes data for different ternary and 
binary systems is the Research Report 10 (RR-10)23. 
Although there is a significant discrepancy for methane + carbon dioxide system 
between different data sources and lack of data for ternary systems as discussed above, 
the modeling work gains significant importance for these systems. 
2.2 Review of Modeling 
It is important to predict and correlate thermodynamic properties and phase 
equilibrium using equations of state. Equations of states are valuable if they predict 
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properties of complex, macromolecular, and compounds with specific interaction as well 
as simple fluids24. Usual theoretical approaches, such as cubic equations of state do not 
include anisotropic interactions and do not consider nonsphericity. Recently, more exact 
models are derived from the knowledge of the intermolecular forces such as SAFT and its 
modifications . Both cubic and non-cubic equations of states have been used to model 
carbon dioxide + alkane phase behavior. We have focused on the PC-SAFT (Perturbed-
Chain Statistical Associating Fluid Theory) model due to its success in modeling the 
phase behavior of a wide range of systems. Various other versions of SAFT could also be 
studied. General information about cubic equations of state and an overview of the PC-
SAFT model are presented in chapter 3. Carbon dioxide + n-alkane systems were studied 
by many researchers. Garcia et al. used the PC-SAFT equation of state and modeled 
global phase and pressure-volume-temperature (PVT) behavior and critical phenomena in 
CO2 + n-alkane (from ethane- to n-eicosane) with a transferable binary interaction 
parameter, ky. The PC-SAFT equation of state was used to determine vapor pressures of 
pure compounds, gas-liquid, and liquid-liquid critical lines for carbon dioxide + n-
tridecane, ethane, propane, n-butane, n-pentane, n-hexane, n-octane, n-dodecane, and n-
tetradecane binary mixtures at temperatures from 200 to 700 K and pressures up to 500 
bar. Furthermore, PC-SAFT predictions and SRK calculations of densities for CO2+ 
propane were determined at temperatures from 311.05 K to 361.15K and also pressure 
density diagram of CO2 + n-pentadecane system was determined at 292 K with using PC-
SAFT. Aparicio-Martinez and Hall26 studied phase behavior of CO2, N2, and H2S binary 
mixtures with n-alkanes (C1-C5) using the PC-SAFT equation of state. They showed 
vapor-liquid-liquid three phase line of CO2 + n-tridecane at 310.80 K with different ky 
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values. Furthermore, pure compound vapor pressures, gas-liquid critical points, and 
experimental vapor-liquid-liquid equilibria curve are modeled using the PC-SAFT 
equation of state with different ky values. Also, vapor-liquid equilibria of H2S + ethane 
and H2S + propane were determined up to 3.2 MPa with different compositions. They 
also determined other properties of pure components and mixtures, but solid phase was 
not included in their work. However, our model simulates vapor-liquid-solid equilibria of 
n-alkane + carbon dioxide mixtures. H2 + n-alkane and CO2 + n-alkane binary mixtures 
were modeled with PC-SAFT and VR-SAFT by Thi et al. 27 They compared VLE results 
with using PC-SAFT and VR-SAFT equations of states for CO2 + propane, n-butane, n-
pentane, n-hexane, n-heptane, n-octane, n-decane, n-dodecane, n-tetradecane, n-eicosane, 
n-docosane, n-octacosane, n-dotriacontane, n-hexatriacontane, and n-tetratetracontane 
binary mixtures. Also, H2 + n-propane, n-hexane, n-octane, n-dodecane, n-hexadecane, 
and n-octacosane binary systems were modeled with PC-SAFT and VR-SAFT. Their 
overall modeling was performed at temperature range from 230 to 664 K and pressure 
range from 0 to 40 MPa. Pasarello et al. 28 modeled vapor-liquid equilibria of n-alkanes 
(n-C3 to n-C44) and C02 using the SAFT model. The lowest and highest temperatures 
were 220 and 573.45 K respectively. Gross and Sadowski ' determine pure component 
parameters 78 substances and modeled some CO2 + n-alkane (methane, propane, butane, 
n-pentane, and n-heptane) vapor-liquid equilibria with PC-SAFT equation of state. 
Furthermore, Stoll et al. 31 used molecular simulation using two-center Lennard-Jones 
plus point quadrupole model to simulate vapor-liquid equilibria, saturated densities, and 
enthalpies of vaporization of five binary systems of N2 + O2, CO2 + C2H6, O2 + CO2, N2 
+ C02, and N2 + C2H6. VLE of ternary mixtures of N2 + 0 2 + C02 and N2 + 0 2 + C2H6 
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were also modeled. After that they compared their molecular simulation with Peng-
Robinson, PC-SAFT, and BACKBONE equations of states and they obtained good 
results. The lowest and highest temperature and pressures that Stoll et al. used from 80 to 
283.15 K and from 0 to 18 MPa respectively. Also, Blass and Galindo 32 examined global 
fluid-phase behavior and critical phenomena in CO2 + n-alkane mixtures (from ethane to 
n-hexadecane) with using SART-VR equation of state. The lowest and highest 
temperatures and pressures that Blass and Galindo used were ranging from 200 to 700 K 
and pressures from 0 to 60 MPa. Sources mentioned above do not include solid phase. 
They are all for vapor-liquid equilibria, critical behaviors, liquid-liquid, and vapor-liquid-
liquid phase diagrams. However, in this thesis solid phase is modeled for binary and 
ternary mixtures of methane, ethane, butane, and carbon dioxide as well as vapor-liquid 
equilibria. 
Eggeman and Chafin modeled the temperature of CO2 freezing by using several 
commercial process simulators. They used NRTL equation and PR equations of state to 
model liquid-solid CO2 binary data from RR-1023 with a ± 2.6 F uncertainty. However, 
they commented that "If they use different data sources their uncertainty increases to ± 
9.4 F."33 Also, Hlavinka et al 16 modeled solid forming conditions mostly for methane + 
carbon dioxide binary system by using ProMax, the general purpose process simulator by 
Bryan Research and Engineering, Inc. The three-phase locus generated by ProMax and 
compared with the data from Davis et al., Donnelly and Katz, and Pikaar and good 
agreements were shown except with Donnelly and Katz's data. Their average absolute 
deviations between ProMax and Davis et al. and Pikaar data were 0.67 and 0.45 F 
respectively. In addition to three-phase locus they also determined frost and freezing lines 
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for 1%, 3%, 5%, 10%, and 20% CO2 in methane and compared their results with the 
constant volume cell and saturation cell apparatus results of Pikaar, Davis et al., and 
Donnelly and Katz data. The methane-carbon dioxide system is also modeled by Tang 
and Gross 34 by using the PCP-SAFT (Perturbed-Chain Polar Statistical Associating Fluid 
Theory) equation of state. They modeled phase equilibria for mixtures of hydrogen 
sulfide and carbon dioxide with alkanes, aromatics, and water over wide range of 
temperatures and pressures. Vapor-liquid, liquid-liquid, and fluid-solid equilibria of H2S 
+ methane and CO2 + methane binary mixtures were modeled in detail. They showed 
good agreements with the experimental data of binary mixtures as well as ternary 
mixtures of H2S + CO2 + methane and compared PC-SAFT and PCP-SAFT equations of 
states. 
Because carbon dioxide solidification is an important problem, adding heavier 
hydrocarbons to methane + carbon dioxide system will prevent solid carbon dioxide 
formation during the cryogenic processes. Therefore, in this thesis the butane-methane-
carbon dioxide and ethane-methane-carbon dioxide systems are also modeled. Most of 
the data are taken from Research Report 10 (RR-10) because it includes most of the 
data for different hydrocarbon systems. 
PC-SAFT equation of state models the high pressure and high temperature 
systems very well as well as gas processing at low temperature. This thesis shows density 
predictions of several hydrocarbons at extreme high temperature and pressure conditions 
and compares the results with several data sources. 
Density of n-octane, n-dodecane, toluene and n-pentane are modeled using PC-
SAFT equation of state at extreme high temperatures and pressures. Experimental data 
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for density of n-Octane are taken from Caudwell et al. and Tanaka et al. at temperature 
range from 298.15 to 473.15 K and pressures up to 200 MPa. n-Dodecane data is taken 
from Caudwell et al. and Tanaka et al. at temperature range from 298.15 to 473.15 K; 
and pressures are up to 200 MPa. Also, density of toluene and pentane are modeled. 
Toluene data is taken from Franck et al.14 and Oliveira and Wakeham 47 at temperatures 
from 303.15 to 673 K and pressures up to 300 MPa. Pentane data is taken from Lee and 
Ellington15 at 280 and 460 F and pressures up to 8000 psia. 
16 
Chapter 3. Modeling 
3.1 Overview of Modeling Techniques and Equations of States 
Natural gases primarily contain hydrocarbons, but they also include some light 
non-hydrocarbon compounds in considerable amounts. The most commonly found non-
hydrocarbon molecules in natural gas reservoirs are CO2, N2, or H2S. These non-
hydrocarbon molecules have different sizes and shapes from the hydrocarbons and make 
the structure of natural gas and phase equilibrium more complex. Also, these molecules 
increase intermolecular forces in the mixtures because of their polar character or 
hydrogen bonding. 
It is important to predict and correlate thermodynamic properties and phase 
equilibrium using equations of state. Early equations of state were limited to predict 
simple fluid properties. However, due to advances in statistical mechanics, modern 
equations of states predict properties of complex, macromolecular, and compounds with 
specific interaction as well as simple fluids. 
There are different interactions between molecules that constitute matter. 
Attraction, repulsion, and motion are common interactions. Fluid properties depend on 
these interactions between molecules. 
Cubic equations of states are more traditional theoretical approaches and used for 
design purposes, but they are not trustworthy to predict phase equilibria in complex 
systems, with different sizes and shapes of molecules, such as studied in this thesis. Also, 
cubic equations of state have disability that they are commonly fitted to the critical point, 
so they cannot accurately predict properties such as density over a range of conditions. 24 
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Recent equations of state model the non-spherical molecular shape as chains of 
combined spherical segments. This molecular model represents several advantages it is 
easier to apply, considers different sizes and shapes of molecules, and it is not just for 
simple systems. It is also applicable to more complex systems like large polymeric fluids 
and their mixtures. The first equation of state of this type was the Perturbed Hard 
Chain Theory (PHCT) by Beret and Prausnitz and Donohue and Prausnitz . 
Later, another equation of state was derived based on Wertheim's First Order 
Perturbation Theory 37. After that Chapman et al.38 used Wertheim's theory and derived 
statistical associating fluid theory (SAFT). After derivation of SAFT equation of state, 
LJ-SAFT which is another variation of SAFT is derived. The difference is, in Lennard-
Jones the reference fluid is Lennard-Jones spheres. Also, SAFT-VR uses attractive 
9Q 9Q 
potentials to show variable widths. Finally, Gross and Sadowski derived Perturbed-
Chain SAFT (PC-SAFT). 
Since there are different variations of SAFT equations of states, the PC-SAFT has 
the strongest capability to predict phase behavior of simple systems as well as complex 
systems. It is applicable to non-polar and polar systems. It gives good results with 
9Q 
associating components, too. Gross and Sadowski applied perturbation theory and 
adjusted model constants to the pure component properties of n-alkanes. 
In this thesis we use perturbed-chain statistical associating fluid theory (PC-
SAFT) equation of state to model phase equilibria for mixtures and to show model 
capabilities. PC-SAFT has stronger molecular foundations and contains associative terms 
in the equation of state, should produce more accurate predictions than a cubic equation 
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of state, and represents a valuable alternative because it has only slightly greater 
computational complexity. 
3.2 PC-S AFT Equation of State 
To derive the PC-SAFT equation of state, the molecules are assumed as flexible chains of 
spherical segments. The pair potential for the segment of a chain is given by Chen and 
Kreglewski 39 
u(r) = 
oo : 
3s 
-£ 
0 
r<{(J-Sx) 
(<7-Sx)<r<(J 
<r < r < ACT 
: r>Xa 
(3.1) 
where u(r) is the pair potential, r is the radial distance between two segments, o is the 
temperature-independent segment diameter, e is the depth of the potential well, and X is 
the reduced well width. It was assumed by Chen and Kreglewski, Si/a = 0.12. 
On the other hand, PC-SAFT equation of state differs from Chen and 
Kreglewski's method with using less temperature correction term for potential depth 29. 
According to perturbation theory, the total intermolecular forces are divided as a 
reference and perturbation term. Repulsive interactions constitute reference term and 
attractive forces constitute perturbation term. According to Barker and Henderson 40 
perturbation theory, the temperature-dependent segment diameter for component /' is 
f
 3s V d,(T) = , l-0.12exp kT (3.2) 
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For PC-SAFT equation of state hard-chain fluid is used as a reference fluid and 
there are different contributions within attractive intermolecular forces. The complete 
equation of state is given as 
Phase behavior of natural gas can be explain based only on molecular size and 
van der Waals interactions 
Z = Zid + Zhc + Zdisp + Zothers (3.3) 
where Z is the compressibility factor. Z'd is ideal gas contribution, Z,!Cis hard-chain 
contribution, Zdisp is perturbation contribution that explains attractive interactions (disp), 
and z°",ers refers other contributions, such as polar contribution or association term for 
more complex fluids 29' 
Equation 3 can be written in terms of Helmholtz free energy, 
A A*d A^c jdisp A others 
= + + + (34) 
kT kT kT kT kT K } 
3.2.1 Hard Sphere Reference Fluid 
Chapman et al. 38'41 developed an equation of state based on Wertheim's 37'42 first order 
perturbation theory. 
Z^=mZ^-Ylxi(ml-l)p^- (3.5) 
m = YJXimi (3.6) 
Where xi is the mole fraction of chains of component /, mi is the number of segments in 
a chain of component i, p is the total number density of molecules, superscript 
hs shows quantities of the hard sphere system, and g^ is the radial pair distribution 
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function for component /. Boublik 43 and Mansoori 44 et al. explained expressions of 
Equation (3.5) as 
hs _ b 3 zns = 3£x£2 ^Kl-Ul 
( i - O Ui-Q2 ^o(i-C3)3 (3.7) 
Sn 
hs 
(1-G) + 
f
 didj ^ 
ydi+djJ 
X2 
C0O-C3) + 
2C22 
f
 didj Y ^ 2 
d. + dy. 0-*;) (3.8) 
where 
o 
n e {0,1,2,3} (3.9) 
3.2.2 Perturbation Theory 
The third term on Equation (3.4) is the sum of first and second order contributions. 
kT ~ kT kT 
(3.10) 
The first and second terms of Equation (3.10) are calculated as 
—- = -LTtpm 
kT KkT, 
a\lx (3.11) 
A 
kT 
-npm l + Znc + p 
dz»cYl r „ \ 
dp m ykTj •£ [M ] (3.12) 
On Equation (3.11) and Equation (3.12), Ix and/2 are calculated as 
/ , = j"u(x) he g x2dx (3.13) 
I2 = ]u(xfg"c 
V d J 
x dx (3.14) 
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where x is the reduced radial distance around a segment x = (r/cr), u(x) = u(x)/s is the 
reduced potential function, and g c = ym,x,a/d) is the average segment-segment radial 
distribution function of the hard-chain fluid. The compressibility term in Equation (3.12) 
is calculated from Eq. (3.9) as 
f
 ^
hc
^ \ 8/7-2/72
 A ,20/7-27772+12773-2774 
1 + m— -r + (\-m) i+z- + /
z 
V wr J dp 
(3.15) 
J (I-*/) [(l-i7)(2-7)J 
where r] express packing fraction and it is equal to <^ 3 as shown in Eq. (3.9) 
To simplify the calculations the integrals /, and I2 are written as power series in packing 
fraction rj as 
6 
A(^^) = Zfl/(w)/7i (3-16) 
(=0 
6 
A(7,w) = 2^(i»)7'' (3.17) 
1=0 
On Eq. (3.16) and Eq. (3.17), the coefficients ai and bt are given as 
/ x m-\ m — \ m — 1 
ai[m) = aQi+ au+ a2l (3.18) 
m m m 
i / \ 7 w - 1 , m - 1 m - 2 , 
bi Vm) = \ - + bu+ K (3.19) 
m m m 
The model constants aJt and 6.. were fitted to experimental pure component data by 
Gross and Sadowski . The equation of state models accurately a number of different 
systems including non-polar as well as associating and polar substances such as, gases, 
solvents, homopolymers, as well as copolymers. Consequently, parameters are needed to 
characterize different systems. Therefore, three pure component parameters are required 
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to describe non-polar and non-associating molecules, two additional parameters are for 
association contribution , and one more parameter is for polar interactions which can be 
dipole or quadrupole moment of the molecules 45. In modeling phase behavior of 
hydrocarbon-carbon dioxide systems the pure component parameters for non-associating 
molecules are capable to predict phase behavior. Therefore, the three parameters: 
temperature-independent segment diameter a, the depth of the potential e, and the 
number of segments per chain m. Figure (3.1) represents these parameters as 
Figure 3.1: PC-SAFT parameters (Dominik 2). 
For binary mixtures, the binary interaction parameter ktj needs to be used to deal with the 
cross-interactions between component i and j . The binary interaction parameter is 
defined as 
£iJ=^{l-kij) (3-20) 
The temperature-independent interaction parameter kjj is used for every binary system 
and results will show that PC-SAFT equation of state defines different systems correctly. 
This proves that PC-SAFT equation of state predicts very strongly over wide range of 
conditions. This allows us save correlations as well as extrapolations. 
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Chapter 4. Modeling Vapor-Liquid-Solid Phase Behavior of Hydrocarbons 
in Presence of Carbon Dioxide with PC-SAFT 
Since there is lack of data and the experimental work is hard and time consuming, 
modeling the vapor-liquid-solid phase is important. General equilibrium relationships for 
vapor-liquid-solid equilibrium and modeling techniques will be discussed in this chapter. 
4.1 Vapor-Liquid Equilibrium 
Since fugacity is directly related to Gibbs free energy, fugacity can be used to 
define equilibrium relations. If a system consists of two phases that are in equilibrium 
with each other, the fugacity (or chemical potential) of a component in one phase is equal 
to fugacity of the same component in the other phase. Fugacity can be defined as 
tendency to escape. This relation may be written as: 
f?=tf (i = l,2, ,N) (4.1) 
where, N denotes the number of species in the system. For multiple phases this equation 
is written as; 
f?=fiP=... = ft* 0=1?2, ,N) (4.2) 
Also, if species are in equilibrium, the temperatures and pressures of a component are 
equal in different phases. 
pliq=pvap ( 4 J ) 
jliq _ jvap 
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fliq 
Where "{ and P™p are the pressures of species i and Tf'q and Tvap are the 
temperatures of species / in the liquid and vapor phases respectively. 
For vapor-liquid equilibrium the equation becomes: 
/:=/; (1=1,2 JV) (4.5) 
4.1.1 Fugacity of a Pure Phase 
For pure phase the fugacity is: 
f:=&P (4.6) 
where <j>i is the fugacity coefficient for pure component/(a measure of deviation from 
ideal gas behavior), P is pressure, and f* is fugacity of component /in the pure phase. 
Fugacity coefficient can be calculated with different methods; 
1. lnd. = —— if —— is known (4.7) 
' RT RT 
Zt -1) — (Const T) if Z is given as Z = / (P, T) (4.8) 
0 " 
3. In ^ . = In ^ ° + co In <f>x using generalized correlation tables 46 (4.9) 
4.1.2 Fugacity in a Mixture 
Fugacity of a species / in a mixture is related to its mole fraction in that phase, 
fugacity coefficient, and the system pressure. This relation may be written as: 
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where f" is the fugacity of component /in the mixture, ^. is the fugacity 
coefficient of component / in the mixture, y. is the mole fraction of component i in that 
phase, and P is the pressure. The hat normally denotes that we are dealing with mixtures. 
4.1.3 Fugacity in a Condensed Phase 
In some cases, it is more convenient to use an alternative approach to the liquid or 
solid phase fugacity. In this approach, the fugacity of a pure liquid or solid is related to its 
fugacity coefficient, molar volume, saturation pressure, system temperature and system 
pressure as shown below: 
VL {P — Psat\ 
ftL = <t>?Pr exp ' \ ' } (4.11) 
where ftL is the fugacity of component i in the liquid (or solid) phase, 4"T is the fugacity 
coefficient of component i in the liquid (or solid) phase, V^ is the molar volume of 
component i, P is the total system pressure, if"' is saturation (or sublimation) pressure 
of component /, R is the universal gas constant, and T is the system pressure. 
4.1.4 Fugacity in a Liquid (or Solid) Mixture 
Fugacity of a component in a liquid (or solid) mixture is related to its mole 
fraction, activity coefficient, and its pure fugacity and can be written as: 
ft=Yi*ift (4.12) 
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where ft is the fugacity of component / in the liquid (or solid) phase, /,- is activity 
coefficient of component /, which is deviation from ideal solution behavior (for an ideal 
solution Yi = 1 )> xi is m e mole fraction of component / in the liquid (or solid) phase, and 
ftL is the fugacity of pure component / at the mixture temperature and pressure. 
If we substitute Eq. (4.12) into Eq. (4.11), we get: 
f- = Yi^'Pr exp 
V.L(p-p?<»} 
RT 
(4.13) 
where ^/"'can be calculated as shown in section 4.1.1 and activity coefficient {yt) can be 
calculated as 
i Gf 1 
I n / , . - - * - - — RT RT 
d(nGE) 
dm 
(4.14) 
Pfsj* 
As discussed earlier if we put everything together, the equilibrium relationship for vapor-
liquid phases becomes: 
V^P-P™1) 
yAP = nx$a'Pr,exp- RT (4.15) 
46 
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There are some special cases that equation (4.15) reduces to simpler form: 
x46 1. If the pressure is low(up to at least 1 bar) for vapor-liquid equilibria, the vapor phase 
can usually be assumed to be as an ideal gas, for which $ = 1. Also, for an ideal liquid 
solution^. = 1. Therefore, Eq. (4.15) reduces to Raoult's law. 
y,P = ^ isat (4.16) 
2. If the pressure is low enough, but the liquid is not ideal solution Eq. (4.15) is called 
modified Raoult's Law: 
yiP = rtxiIfta (4.17) 
4.2 Solid-Liquid (SLE) and Solid-Vapor Equilibrium (SVE) Relationship 
Such as liquid-vapor equilibria, solid and liquid can coexist in equilibrium under certain 
temperature and pressure conditions without any liquid phase present. A pure solid can 
vaporize below its triple point temperature and the pressure at that temperature is called 
the (solid/vapor) saturation pressure Pse" . 
r ^ V f f ^ Triple Paint 
TcmpcraturL' 
Figure 4 .1 : P~T diagram for a pure component (Sonntag et al.3). The sublimation curve 
(solid-vapor equilibrium) and fusion curve (solid-liquid equilibrium) of different 
hydrocarbons in presence of solid CO2 are modeled in this thesis. 
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Solid phase formation occurs in two different ways. For the first one, the CO2 content of 
the liquid phase exceeds its solubility limit and CO2 precipitates or crystallizes from the 
liquid phase; this is called liquid-solid equilibria (LSE). The second solid phase 
formation occurs when CO2 content of the vapor exceeds the solubility limit and solid 
CO2 is formed by desublimation or frosting, which is called vapor-solid equilibria (VSE). 
In this thesis, a sublimation curve correlation is used to model mole fraction of 
solid carbon dioxide in liquid (SLE) and vapor (SVE). The equation shows pressure-
temperature relation for sublimation curve correlation: 
\n(PIPt) = 14.57893 r 
\ 
1 - ^ 
T 
-14.48067 In + 
65.35685 •47.14593 + 14.53922 
T 
(4.18) 
where Pt and Tt are the pressure and temperature at the triple point respectively. For 
sublimation curve calculation i^=5.18bar and 7^=216.58 K are taken. P is the 
sublimation pressure of pure CO2.47 
After calculating the sublimation pressures at different temperatures, the general 
equilibrium equations are used to calculate mole fraction of carbon dioxide as shown 
below: 
ubl ... ±sat /COi=/cr*c*Cexp 
y'c^p-ps,) 
RT (4.19) 
J CO, = XCO, * rco, * * (4.20) 
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where Jco is the fugacity of carbon dioxide in a mixture, f^[e is the fugacity of pure 
carbon dioxide, ° c o , is the sublimation pressure of carbon dioxide, YCO-, is the fugacity 
coefficient of pure carbon dioxide, r
 c 0 is the volume of solid carbon dioxide, P is 
pressure, P^a0 is the saturation pressure of carbon dioxide, R is the gas constant, and T is 
temperature. 
The fugacity coefficient of pure carbon dioxide ( ^ o ) is approximately 1.0. After 
doing this elimination and combining Equation 4.19 and Equation (4.20), the equation 
becomes; 
^ * ^ * ^ = / c £ T * < * e x p 
VC^P-PS,) 
RT (4.21) 
and using VLXE 3.8 thermodynamic simulator, the PC-SAFT equation of state models 
fugacity coefficient of carbon dioxide YCO2 • Finally, the temperatures are adjusted to 
minimize the difference in fugacities as shown in equation (4.22). The results show 
excellent agreement with the experimental data. 
W^*^"<*exp 
'rCOi{p-Fct) 
RT 
0 (4.22) 
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Chapter 5. Results and Discussions 
5.1 Phase behavior of n-alkanes in presence carbon dioxide 
Because the major component of natural gas is methane and carbon dioxide is the 
main contaminant in natural gas, we first present results for the methane + carbon dioxide 
system. However, there are uncertainties in the solid-liquid equilibrium of methane + 
carbon dioxide system data. Therefore solid-liquid equilibrium data from different 
sources will be shown. Also, recent applications show that heavier hydrocarbons can be 
added to the methane + carbon dioxide system to shift the phase envelope and avoid solid 
CO2 forming by increasing CO2 solubility. Thus, model results will be introduced for the 
methane + carbon dioxide + ethane and methane + carbon dioxide + butane ternary 
systems. Binary interactions are needed to model three-component systems as well as 
two-component systems. Binary interaction parameters are fitted to the binary vapor-
liquid equilibria data. For that reason, vapor-liquid equilibrium phase diagrams will be 
presented for butane + carbon dioxide, methane + butane, ethane + carbon dioxide, and 
methane + ethane from different sources. Thereafter binary vapor-liquid equilibrium 
results, liquid-solid equilibria model results will be presented by using the same 
temperature-independent binary interaction parameters. Finally, complete hydrocarbon + 
carbon dioxide binary and ternary phase diagrams will be shown. 
Because of importance of VLE binary interaction parameters, below table 
presents these values for every binary system for the reader's convenience. 
Table 5.1 VLE ky Values for PC-SAFT Equation of State 
CH4+C2H6 
0.001 
c2H6+co2 
0.096 
CH4+CO2 
0.06 
CH4 + C4H10 
0.003 
C4HM) + CO2 
0.116 
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Table 5.1 shows temperature-independent binary interaction parameters. These 
parameters are calculated using vapor-liquid equilibria experimental data for every binary 
system. The experimental mole fractions and PC-SAFT equation of state are used to 
model pressures at constant temperature and with minimizing the error the best 
temperature independent binary interaction parameters are calculated. The most 
advantage of the PC-SAFT is only one temperature-independent binary interaction 
parameter (ky) is used to model solid-liquid equilibria, solid-vapor equilibria and vapor-
liquid equilibria and gives excellent agreement with the experimental data when 
compared to cubic equations of states. 
5.1.1 Methane + Carbon Dioxide System 
Because of the complexity of the phase diagram of the methane + carbon dioxide 
system, the complete phase diagram will be shown first and then the explanation of the 
diagram will be presented. Liquid-solid equilibrium data has been measured at different 
conditions from the various data sources. Comparisons with liquid-solid equilibrium data 
from different sources will be shown separately. 
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Figure 5.1 Vapor-liquid-solid phase behavior of methane + carbon dioxide system at 
673 psia. Experimental data are from Donnelly and Katz.1 
Comparison of model results (curves) for methane + carbon dioxide complete phase 
diagram using kjj=0.06 with experimental data (symbols) from Donnelly and Katz l at 
673 psia and different temperatures are shown on Figure 5.1. The same value of the 
binary interaction parameter is used in all comparisons with methane + carbon dioxide 
systems. Stars show Donnelly and Katz liquid-solid equilibria data and the diamond 
shapes denote liquid-solid-vapor equilibrium data. PC-SAFT equation of state shows 
very good agreement with the experimental data for dew point and bubble point curves. 
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The higher-temperature three-phase line also agrees with the model. For lower 
temperature three-phase line, the model predicts a lower temperature than shown by 
experiment, but it is still reasonably good. Finally, the model does not agree with the 
liquid-solid equilibrium curve from Donnelly and Katz, but other sets of data for liquid-
solid equilibrium and our model agree with liquid-solid equilibrium data from Pikaar, 
Davis et al. and Cheung and Zander liquid-solid equilibria data. Figure 5.2 is the detailed 
representation of Figure 5.1. 
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Figure 5.2 Detailed representation of Figure 5.1 
As can be seen from Figure 5.1 and Figure 5.2, there is a solid formation area. This 
situation causes problem usually in a distillation column when separating methane + 
carbon dioxide binary mixture into highly pure methane. Figure 5.2 shows the illustration 
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if it is assumed that a feed of 0.5 mole carbon dioxide/0.5 mole methane at 80 F is desired 
to separate into a methane product having 0.01 mole fraction of carbon dioxide. When the 
feed is cooled, it reaches the vapor-liquid equilibria zone at about -10 F. At -40 F, the 
system has a vapor including about 0.3 mole fraction of methane in equilibrium with a 
liquid that contains 0.8 mole fraction of methane. After further cooling methane mole 
fraction increases in the vapor phase until around -80 F. The upper limit is about 0.85 
mole fraction of methane is gained without solid formation. However, any further cooling 
will cause solid carbon dioxide formation in the distillation tower. Also, it is clear from 
Figures 5.1 and 5.2 that for a carbon dioxide concentration, less than about 0.15 mole 
fraction can be separated without entering the solid formation zone at 673 psia. 
Therefore, the problem occurs if the separation is for a feed stream that has relatively 
high concentration of carbon dioxide and needs to be separated to methane products 
having most of the carbon dioxide removed. 
At higher temperatures the bubble point and dew point curves are in a shape of 
closed loop and they join at the critical point. However, at lower temperatures bubble and 
dew point curves do not show a closed loop shape. It can be seen clearly from the dew 
point curve that when we go to lower temperatures toward the triple point of carbon 
dioxide (-70 F), simple vapor liquid equilibria no longer exist. Instead there is a vapor-
solid equilibria because of solid carbon dioxide. It is clear that the existence of solid 
phase disrupts the liquid-vapor equilibria. If the solid phase does not form, the dew point 
curve and solid-liquid equilibrium curve would continue, as shown with the dash lines on 
Figure 5.2. Solid-liquid-vapor three-phase horizontal lines are obtained from the 
intersections of dew point and liquid-solid equilibrium curves. Table 5.2 compares PC-
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SAFT and experimental data for three-phase lines. The maximum absolute deviation is 
about 5 °F. 
Table 5.2. Comparison of Donnelly and Katz Vapor-Liquid-Solid Equilibrium 
Data with the PC-SAFT 
Temperature, F 
Donnelly and Katz 
-83 
-94 
Model 
-81.52 
-99.51 
Absolute Deviation 
1.48 
5.51 
For upper temperature three-phase line the absolute deviation is 1.48 F and for the lower 
temperature the absolute deviation is 5.51 F 
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Figure 5.3 Mole Percent of Carbon Dioxide-Pressure Diagram for solid-liquid 
equilibria 
Figure 5.3 shows the liquid composition present on trays in a distillation column which 
separates carbon dioxide completely from methane by a cryogenic distillation operated at 
715 and 673 psia. The shaded area is the solid carbon dioxide formation zone and on the 
right side of the freeze line of the methane + carbon dioxide binary system solid 
formation will not occur. Symbols are experimental solubility data from Cheung and 
Zander and Davis et al. and the lines are simulation results. As can be seen, PC-SAFT 
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models the freeze line data very well and also the vapor-liquid equilibrium curves at 673 
psia and 715 psia. Experimental data for 673 psia and 715 psia are taken from Donnelly 
48
. Also it is clear that at 673 psia, a carbon dioxide solid zone exists between liquids 
containing about 14% carbon dioxide to 64% carbon dioxide. As discussed above the 
liquid composition which has 50% carbon dioxide/50% methane is within these ranges at 
673 psia, and therefore solid formation will occur. Figure 5.3 also indicates that 715 psia 
curve does not enter the solid formation zone. However, the critical pressure of the 
mixture is close enough to these high pressure, so it limits the separation and makes 
operation of distillation tower inconvenient and hard 49. 
In order to confirm that the model simulates vapor-liquid equilibria for a wide 
temperature range, two more data sources are modeled as shown in Figure 5.4. 
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Figure 5.4 Methane + Carbon Dioxide Vapor-Liquid Equilibria at -130 F and -148 F 
In figure 5.4, PC-SAFT calculations using kjj=0.06 (curves) for vapor liquid equilibria of 
carbon dioxide in methane are compared with the experimental data of Hwang et al. 50 
and Mraw et al. 51. The filled symbols are the raw data for the liquid phase (squares) and 
the vapor phase (circles). The open symbols represent the smoothed values of Mraw et al. 
PC-SAFT predicts quite nicely vapor-liquid equilibria down to low temperatures as well 
as solid-liquid equilibria. Because there are two sets of data for the solid-liquid 
equilibrium, comparisons between experimental and model results will be shown 
separately. 
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5.1.1.1 Solid-Liquid Equilibrium of CH4 + C02 System 
Some of the important data sources will be presented to show the disagreements of data. 
The vapor-liquid equilibrium of Donnelly and Katz is widely used and agree with other 
sources, but the solid-liquid equilibrium data are different than other sources. 
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Figure 5.5 Consistency of experimental data for methane + carbon dioxide 
solid-liquid equilibrium 
Figure 5.5 shows disagreement between different data sources clearly. Donnelly and 
Katz1 low-temperature data are different than Pikaar 4, Sterner 19, Davis et al.5, and 
Cheung and Zander 22 low-temperature data. Donnelly and Katz's experimental data and 
their correlation deviate after -100 F and show a eutectic for methane + CO2 system. 
However, it is clear from Pikaar, Sterner, Davis et al., and Cheung and Zander data that 
there is no eutectic point for this system. The PC-SAFT equation of state models the 
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solid-liquid equilibrium curve accurately. The next figures show PC-SAFT modeling for 
different data sources. 
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Figure 5.6 Temperature-composition diagram for the methane + carbon dioxide 
Solid-Liquid Equilibrium. Experimental data are from Pikaar. 4 
Figure 5.6 compares solid-liquid equilibria data from Pikaar 4 with the prediction of the 
PC-SAFT equation of state at temperatures from -97 F to -175 F and pressure is 210 psia 
to 695 psia with using k,j=0.06. The agreement with the experimental data is quite good. 
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Figure 5.7 Temperature-composition diagram for the methane + carbon dioxide 
solid-liquid equilibrium. Experimental data are from Davis et al.5 
Figure 5.7 shows carbon dioxide solubility in liquid methane at temperatures from -97 F 
to -226 F and pressures from 50 psia to 690 psia. The model prediction using ky=0.06 
agrees with the experimental data from Davis et al.5 
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Figure 5.8 Temperature-composition diagram for the methane + carbon dioxide 
solid-liquid equilibrium. (Donnelly and Katz ) 
It can be seen from Figure 5.6 and Figure 5.7 that the model predictions agree with Pikaar 
and Davis et al. On the other hand, Figure 5.8 shows that Donnelly and Katz have 
different data at low temperatures. The model that we generate substantiates Pikaar, 
Davis et al., Sterner and Cheung and Zander data with excellent agreement. These curves 
are obtained using sublimation curve correlation as shown in Eq. (4.18) and with the 
same temperature-independent binary interaction parameters that are used in vapor-liquid 
equilibria modeling (kjj=0.06). 
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5.1.1.2 Solid-Vapor Equilibrium of CH4 + C02 System 
Using the same method as used in solid-liquid equilibria, solid-vapor equilibria data are 
modeled. Our model simulates SLE as well as SVE in good agreement. Figure 5.9 
compares the model predictions with experimental vapor-solid equilibria data. 
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Figure 5.9 Temperature-composition diagram of methane + carbon dioxide 
solid-vapor equilibria. Experimental data are from Davis et al.5 
After showing different phase diagrams for methane + carbon dioxide system, it is 
clear that PC-SAFT equation of state is able to model vapor-liquid, solid-liquid and solid-
vapor equilibria very well. Therefore, a complete phase diagram of methane + carbon 
dioxide system is modeled with a very good agreement. 
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5.1.2 Methane + Butane + Carbon Dioxide System 
As mentioned earlier, modeling three-component systems is also important 
because adding heavier hydrocarbons to the methane + carbon dioxide system prevents 
CO2 solidification. In this section, methane + carbon dioxide + butane model results will 
be presented. First of all, binary interaction parameters for every binary system have to 
be defined to correctly model interactions between different particles. Before three 
component system results are presented, butane-carbon dioxide, methane-carbon dioxide, 
and methane-butane binary systems need to be modeled to determine binary interaction 
parameters. 
5.1.2.1 Vapor-Liquid Equilibrium of C4H10+ C02 System 
The first step is to model the ternary systems is to fit ky parameters for the binary 
systems. Therefore, vapor-liquid experimental data are used to predict vapor pressure and 
then with minimizing the error the best binary interaction parameters are found for every 
two-component systems. 
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Figure 5.10 Butane + carbon dioxide vapor- liquid equilibria 
Experimental data are from Kalra et al.6 
In Figure 5.10 vapor-liquid equilibria of carbon dioxide in butane are compared 
with the experimental data of Kalra et al.6 at 50 F, 1.1 F, and -49.3 F. The filled symbols 
are experimental data for the vapor phase and the open symbols represent the liquid 
phase. PC-SAFT models the system very well as shown in Figure 5.10. 
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Figure 5.11 Butane + carbon dioxide vapor- liquid equilibria 
Experimental data are from Nagahama et al.7 
Vapor-liquid equilibria of carbon dioxide in butane are compared with the 
experimental data of Nagahama et al.7 at 0 F. The filled symbols are experimental data 
for the vapor phase and the open symbols represent the liquid phase. As shown in Figure 
5.11, the model predictions agree with the experimental data over the entire composition 
range. 
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Figure 5.12 Butane + carbon dioxide vapor-liquid equilibria. Experimental data 
are from Fernandez et al.38 
In Figure 5.12, vapor-liquid equilibria of carbon dioxide in butane are compared 
with the experimental data of Fernandez et al. at temperature range from 277.9 K 
(40.55 F) to 418.48 (293.53 F) K and pressure range from 0.1 MPa (14.51psia) to 8 MPa 
(1160.3psia). Curves are PC-SAFT and the filled symbols are experimental data for the 
vapor phase and the open symbols represent the liquid phase. The model simulates all 
four temperatures very well except in the near critical region. 
It can be seen from Figure 5.10 to Figure 5.12, that PC-SAFT shows excellent 
agreement with experimental data over a wide range of measured temperatures and 
pressures. Modeling different data sources gives more certainty that PC-SAFT gives the 
best agreement at wide temperature range. First, the PC-SAFT equation of state is used to 
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determine pressures at different temperatures and then minimizing the error gives the best 
binary interaction parameter for butane + carbon dioxide system is calculated as 
kij=0.116. 
5.1.2.2 Vapor-Liquid Equilibrium of CH4 + C4H10 System 
This section follows the similar idea of section 5.2.1 for methane- butane binary 
system. Several results will be presented to show how the PC-SAFT equation of state 
supports the data sets at wide variety of temperatures and pressures and then using the 
same ky solid-liquid phase diagram model results will be demonstrated. Some of the 
experimental data are separated in two different graphics to make the comparison of 
different temperatures easy. 
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Figure 5.13 Methane + butane vapor-liquid equilibria. Experimental data are from 
Elliot et al 39 
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Figure 5.14 , Methane + butane vapor- liquid equilibria. 
Experimental data are from Elliot et al.39 
Both Figure 5.13 and Figure 5.14 are pressure-composition diagram for the methane + n-
butane system at six temperatures: 40, -20, -60, -100, -120, -200 F. Experimental data 
from Elliot et al. are compared with PC-SAFT (curves). Filled symbols are 
experimental data for the liquid phase and the open symbols represent the vapor phase. 
As shown on these figures, the model simulates experimental data nicely except in the 
near critical region. 
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Figure 5.15 Methane+ butane vapor- liquid equilibrium at 50, 0, -50, and -80 F. 
Experimental data are from Kahre. 40 
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Figure 5.16 Methane + butane vapor- liquid equilibrium at -110.3, -140, -125, 
and -160 F. Experimental data are from Kahre.40 
Figure 5.15 and Figure 5.16 are pressure-composition diagram for methane-n-butane 
system at eight temperatures: 50, 0, -50, -80, -110.3, -125, -140, -160 F. Experimental 
data from Kahre 54 are compared with PC-SAFT (curves). Filled symbols are 
experimental data for the liquid phase and the open symbols represent the vapor phase. 
It can be seen from Figure 5.13 to Figure 5.16, PC-SAFT shows excellent 
agreement with experimental data at wide range of measured temperatures and pressures. 
After different sources modeled, modeling pressure at different temperatures and 
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minimizing the error the best binary interaction parameter for methane + butane is found 
as kij=0.003. 
5.1.2.3 Solid-Liquid Equilibrium of C4Hi0 + C02 System 
(Carbon Dioxide Solubility in Liquid Butane) 
Solid-liquid equilibrium for the butane + carbon dioxide system is modeled using the 
same method as shown for methane + carbon dioxide solid-liquid equilibria. The PC-
SAFT equation of state provides an excellent model of solid-liquid equilibria down to 
very low temperatures. The scope of thesis is not very low temperatures as in this graph, 
but results are presented at low temperatures to show model's capability for a wide range 
of temperatures. 
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Figure 5.17 Temperature composition diagram for butane + carbon dioxide solid-
liquid equilibrium. Experimental data are from RR-10. 19 
In Figure 5.17, the liquid-solid equilibria curve is modeled using PC-SAFT. The squares 
are experimental data from RR-10 . Sublimation curve correlation is used to determine 
CO2 solubility in liquid butane. The binary interaction parameter is ky=0.116 and the 
system is at 5 atm constant pressure since no experimental pressure was given. Model 
results agree with experimental data down to very low temperatures. 
5.1.2.4 Modeling CH4 + C4H10 + C02 Ternary System 
After showing binary results for methane + butane, methane + carbon dioxide, 
and butane + carbon dioxide, the three component system of methane + butane + carbon 
dioxide results will be presented. 
Table 5.3: Comparison of PC-SAFT with Experimental Mole Fraction Data 
ofCH4+C02+C4Hio 
Experimental 
Temperature, 
K 
210.16 
210.16 
210.16 
208.16 
208.16 
208.16 
205.16 
205.16 
205.16 
200.16 
200.16 
200.16 
185.16 
185.16 
Pressure, 
atm 
23.136 
30.689 
13.065 
14.188 
25.449 
32.866 
25.109 
15.378 
31.743 
15.48 
25.313 
32.866 
12.588 
24.36 
Average Absolute Deviation 
Maximum Absolute Deviation 
Vapor Mo 
Experimen 
yC02 
0.1829 
0.1388 
0.2888 
0.2213 
0.1415 
0.1178 
0.1211 
0.1731 
0.0729 
0.1272 
0.0768 
0.0384 
0.0255 
yCH4 
0.9157 
0.8605 
0.709 
0.7767 
0.8566 
0.8811 
0.8775 
0.8246 
0.9259 
0.87 
0.9221 
0.9597 
0.9737 
tal 
yC4H10 
0.0014 
0.0008 
0.0022 
0.002 
0.0018 
0.0011 
0.0015 
0.0023 
0.0012 
0.0028 
0.001 
0.0019 
0.0008 
e Fraction 
PC-SAFT 
yC02 
0.234 
0.1982 
0.3565 
0.0842 
0.1859 
0.175 
0.136 
0.1966 
0.1113 
0.1289 
0.0902 
0.0901 
0.0461 
0.027 
0.04 
0.137 
yCH4 
0.7644 
0.8011 
0.6407 
0.915 
0.8126 
0.8235 
0.8627 
0.8015 
0.8877 
0.8695 
0.9087 
0.9088 
0.9533 
0.9726 
0.047 
0.151 
yC4H10 
0.0017 
0.0007 
0.0029 
0.0008 
0.0015 
0.0014 
0.0013 
0.0019 
0.001 
0.0017 
0.001 
0.0011 
0.0007 
0.0005 
0.0005 
0.0012 
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Table 5.3 compares model results and experimental data of mole fractions of 
carbon dioxide, methane and butane. Experimental data are used for liquid mole fractions 
of components and pressures to model vapor mole fractions of components using PC-
SAFT equation of state in Multiflash. As can be seen from the table, average absolute 
deviation for mole fraction of carbon dioxide is 0.04, for methane 0.047, and for butane is 
0.0005. Since, the average absolute deviation is less than 10%, the model has capability 
to simulate mole fraction of components for carbon dioxide + methane + butane system 
with good agreement. Furthermore, as table 5.3 shows, the maximum absolute deviations 
are 0.137, 0.151, and 0.0012 for carbon dioxide, methane, and butane respectively. Table 
5.4 shows other model results. 
Table 5.4: Comparison of PC-SAFT with Experimental Data of 
CH4+CO2+C4H10 
Experimental 
Temperature, K 
210.16 
210.16 
210.16 
208.16 
208.16 
208.16 
205.16 
205.16 
205.16 
200.16 
200.16 
200.16 
185.16 
185.16 
Pressure, atm 
23.136 
30.689 
13.065 
14.188 
25.449 
32.866 
25.109 
15.378 
31.743 
15.48 
25.313 
32.866 
12.588 
24.36 
Average Absolute Deviation 
Maximum Absolute Deviation 
xC02 
0.5461 
0.456 
0.6325 
0.7486 
0.2504 
0.1137 
0.1048 
0.3916 
0.2953 
0.7812 
0.6351 
0.4448 
0.3204 
0.6797 
yC02 
0.2213 
0.1211 
0.1415 
0.1829 
0.1272 
0.0384 
0.0255 
0.1731 
0.0768 
0.1388 
0.1178 
0.0729 
0.2888 
PC-SAFT 
T, K 
210.6 
207.11 
210.4 
212.04 
199.53 
184.72 
183.15 
206.69 
201.1 
212.06 
209.99 
206.21 
201.98 
212.62 
1.652 
2.461 
P, atm 
15.612 
26.726 
25.569 
22.553 
14.888 
11.989 
22.698 
15.813 
26.672 
30.021 
31.202 
34.256 
33.437 
13.052 
0.987 
2.513 
xC02 
0.5462 
0.4561 
0.6326 
0.7487 
0.2504 
0.1135 
0.1045 
0.3917 
0.2953 
0.7812 
0.6351 
0.4448 
0.3204 
0.6798 
8E-05 
0.0003 
yC0 2 
0.2685 
0.1455 
0.187 
0.2265 
0.1243 
0.0437 
0.0252 
0.2015 
0.0951 
0.1912 
0.1632 
0.1218 
0.0917 
0.3562 
0.037 
0.092 
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Table 5.4 shows comparison of model results with experimental values for 
temperatures, pressures, liquid mole fractions, and vapor mole fractions, respectively. 
Sublimation curve correlation as discussed in chapter 4 is used to calculate the liquid 
mole fraction of carbon dioxide. The next step is using minimization as shown in Eq. 
4.23; temperatures are adjusted and presented on the table. After that, liquid mole 
fractions of carbon dioxide and temperatures are taken from sublimation curve 
correlation and liquid mole fractions of methane and butane are taken from experimental 
data to model pressures. Finally, vapor mole fractions of carbon dioxide are modeled 
using liquid mole fractions and temperatures from our solid model and liquid mole 
fractions of methane and butane from experimental data. From the table, average absolute 
deviations of temperatures, pressures, liquid mole fractions, and vapor mole fractions are 
1.652, 0.987, 8E-05, and 0.037 respectively. Also, the maximum absolute deviations of 
temperatures, pressures, liquid mole fractions, and vapor mole fractions are 2.461, 2.513, 
0.0003, and 0.092 respectively. It should be noted that our solid model agrees with the 
experimental data very well for ternary systems as well as for binary systems. 
Temperature and pressure average absolute deviations are very small (less than 2.0). 
As discussed above, adding heavier hydrocarbons to the methane + carbon 
dioxide system increases the solubility of solid carbon dioxide in liquid hydrocarbons and 
shifts the freezing line to the lower temperatures. The next figure shows methane + 
carbon dioxide + butane three-component system. 
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Figure 5.18 Mole Percent C02-temperature diagram for CH4+CO2, C4H10+CO2, 
and CH4+CO2+ C4H10 at different temperatures 
Figure 5.18 shows comparison of PC-SAFT with experimental data. Methane + 
carbon dioxide data (square) are taken from Davis et al. 5, butane+ carbon dioxide data 
(triangle) and methane + butane + carbon dioxide data (diamond) are from Kurata.23 The 
bold solid line is the model result for freeze line of methane + carbon dioxide system and 
the solid line (not bold) is the model result for the butane + carbon dioxide freeze line. 
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Both model results are in a good agreement with the experimental data. Addition 
of butane is useful because it is clear from the Figure 5.18 that addition of butane 
increased the solubility of carbon dioxide. Also for a given carbon dioxide liquid phase 
mole fraction, butane shifts the freeze line, in comparison with methane, to lower 
temperatures below about -90 F. Above that temperature, the butane + carbon dioxide 
system shows interesting phase behavior and butane actually increases the freezing 
temperature of the mixture in comparison with methane. The open diamonds show 
methane + carbon dioxide + butane experimental data and the filled diamonds are model 
results. These data show that around -130 F there are two data points that overlaps with 
the butane + carbon dioxide freeze line. However, all the other data show that, for a given 
carbon dioxide mole fraction, the ternary mixture has a lower freezing temperature than 
butane + carbon dioxide data. It should be noted that the model results are shown as 
points because the data is at various compositions of methane and butane. PC-SAFT 
provides very good agreement with the ternary data. Certainly, lack of data especially for 
the methane + carbon dioxide + butane system makes comparison of experimental data 
harder. 
5.1.3 Methane + Ethane + Carbon Dioxide System 
As performed for methane + butane + carbon dioxide system, modeling for 
methane + ethane + carbon dioxide system vapor-liquid equilibria will be presented first. 
Binary interaction parameters are fitted to the vapor-liquid equilibria and with 
minimizing the error between experimental data and model results, the best binary 
interaction parameters are determined. First the results for the methane + ethane binary 
system and then ethane + carbon dioxide system will be shown. 
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5.1.3.1 Vapor-Liquid Equilibrium of CH4 + C2H6 System 
Experimental data are compared with the model results and then with minimizing 
the error between predicting pressure and experimental pressure the best binary 
interaction parameters are found. Again, some of the figures are separated into two 
figures to clearly show the difference for different temperatures. 
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Figure 5.19 Pressure-mole fraction diagram for methane + ethane vapor - liquid 
equilibrium. Experimental data are from Wichterle and Kobayashi.8 
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Figure 5.20 Pressure-mole fraction diagram for methane + ethane vapor-liquid 
equilibrium. Experimental data are from Wichterle and Kobayashi.8 
Figure 5.19 and Figure 5.20 are pressure-composition diagrams for methane + 
ethane system at six temperatures: -99.8, -118.3, -124.7, -150, -200, -225 F. Experimental 
data from Wichterle and Kobayashi 8 are compared with PC-SAFT (curves). Filled 
symbols are experimental data for the liquid phase and the open symbols represent the 
vapor phase. Predicting pressure at different temperatures and minimizing the error the 
best binary interaction parameter is found for methane + ethane as ky= 0.001. 
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5.1.3.2 Vapor-Liquid Equilibrium of C2H6 + C02 System 
Experimental data are compared with the model results and then with minimizing 
the error between predicting pressure and experimental pressure the best binary 
interaction parameters are found for this system. 
Figure 5.21 Ethane + carbon dioxide system vapor-liquid equilibria. 
Experimental data are from Fredenslund and Mollerup.9 
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Figure 5.21 shows the pressure-composition diagram for ethane-carbon dioxide 
system at four temperatures: 10, -10, -30, -50 °C. Experimental data (symbols) from 
Fredenslund and Mollerup9 are compared with PC-SAFT (curves). Filled symbols are 
experimental data for the vapor phase and the open symbols represent the liquid phase. 
Predicting pressure for these systems and minimizing the error the best binary interaction 
parameter is found as kjj=0.096 for ethane + carbon dioxide binary system. 
5.1.3.3 Solid-Liquid Equilibrium of C2H6 + C02 System 
(Carbon Dioxide Solubility in Liquid Ethane) 
Sublimation curve correlation is used to obtain Figure 5.22. The PC-SAFT equation of 
state is in very good agreement with data for solid-liquid equilibria down to very low 
temperatures. The scope of thesis is not very low temperatures as in this graph, but results 
are presented at low temperatures to show the model's capability in a wide range of 
temperatures. 
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Figure 5.22 Solid-liquid equilibrium of carbon dioxide + ethane system 
Figure 5.22 shows liquid-solid equilibria modeling using PC-SAFT. Curve represents 
PC-SAFT results and squares are experimental data from RR-10. The model predicts 
carbon dioxide solubility down to very low temperatures. 
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Figure 5.23 Comparison of carbon dioxide solubility in liquid ethane and butane 
Figure 5.23 shows a comparison of carbon dioxide solubility in liquid ethane and liquid 
butane. Experimental data are taken from RR 10. Carbon dioxide solubility is lower in 
heavier hydrocarbon at constant pressures and higher temperatures. However, for lower 
temperatures the two curves almost overlap each other. 
5.1.3.4 Modeling CH4 + C2H6 + C02 Ternary System 
After showing binary results for methane + ethane, methane + carbon dioxide, 
and ethane + carbon dioxide, the three-component system of methane + ethane + carbon 
dioxide results will be presented. 
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Table 5.5: Comparison of PC-SAFT with Experimental Mole Fraction Data 
ofCH4+C02+C2H6 
Experimental 
Tempera tu r 
e , K 
208.2 
208.2 
205.4 
205.4 
199.8 
199.8 
183.2 
183.2 
166.5 
166.5 
208.2 
Pressure, 
a tm 
18.24 
28.46 
19.15 
30.09 
18.75 
29.68 
13.98 
22.49 
8.86 
13.64 
18.24 
Average Absolute 
Deviation 
Maximum Absolute 
Deviation 
Liquid Mo 
Experimen 
xC02 
0.6361 
0.6446 
0.498 
0.4753 
0.3188 
0.2908 
0.1015 
0.0914 
0.0384 
0.0336 
0.6361 
xCH4 
0.1553 
0.2439 
0.2154 
0.368 
0.2936 
0.4896 
0.3863 
0.6364 
0.4022 
0.6732 
0.1553 
tal 
XC2H6 
0.2086 
0.1115 
0.2856 
0.1567 
0.3878 
0.2196 
0.5122 
0.2722 
0.5594 
0.2932 
0.2086 
e Fraction 
PC-SAFT 
xC02 
0.5581 
0.5544 
0.4234 
0.423 
0.2292 
0.2075 
0.0849 
0.0703 
0.0415 
0.0441 
0.5581 
0.0519 
0.0902 
xCH4 
0.1811 
0.3026 
0.233 
0.4002 
0.3164 
0.5491 
0.3835 
0.7033 
0.4024 
0.6754 
0.1811 
0.0289 
0.0669 
XC2H6 
0.2608 
0.143 
0.3436 
0.1768 
0.4545 
0.2434 
0.5317 
0.2263 
0.556 
0.2805 
0.2608 
0.0334 
0.0667 
Table 5.5 shows comparison of model results with experimental data from 
Kurata.23 Modeling technique is performed different than methane + butane + carbon 
dioxide system. In this case, vapor mole fractions of carbon dioxide, methane and ethane 
and pressures are used to model liquid mole fractions of components at different 
pressures using PC-SAFT in Multiflash. As can be seen from the table average absolute 
deviation for mole fraction of carbon dioxide is 0.0519, for methane 0.0289, and for 
ethane is 0.0334. In addition, it is clear from the table that the maximum absolute 
deviations are 0.0902, 0.0669, and 0.0667 for carbon dioxide, methane, and ethane 
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respectively. The model has capability to model three-component systems as well as two-
component systems with good agreement. The maximum absolute deviation and average 
absolute deviation is less than 10 %. Additionally, temperatures are also modeled using 
the same method as liquid mole fractions modeling and the model results show excellent 
agreement with the experimental data. Next table shows model results for temperatures. 
Table 5.6: Comparison of PC-SAFT with Experimental Data of 
CH4+C02+C2H6 
Experimental 
Temperature, K 
208.2 
208.2 
205.4 
205.4 
199.8 
199.8 
183.2 
183.2 
166.5 
166.5 
Pressure, 
atm 
18.24 
28.46 
19.15 
30.09 
18.75 
29.68 
13.98 
22.49 
8.86 
13.64 
Average Absolute Deviation 
Maximum Absolute 
Deviation 
xC02 
0.6361 
0.6446 
0.498 
0.4753 
0.3188 
0.2908 
0.1015 
0.0914 
0.0384 
0.0336 
yC02 
0.1889 
0.1421 
0.1567 
0.1168 
0.0914 
0.0675 
0.0297 
0.0192 
0.0105 
0.0087 
PC-SAFT 
T, K 
209.48 
209.58 
206.91 
206.67 
201.5 
200.99 
183.33 
182.95 
166.89 
166.5 
0.912 
1.701 
P, atm 
18.90 
28.40 
20.00 
31.21 
19.83 
30.29 
14.23 
21.90 
8.786 
13.48 
0.546 
1.118 
xC02 
0.6361 
0.6446 
0.498 
0.4753 
0.3188 
0.2908 
0.1014 
0.0913 
0.0383 
0.0338 
6E-05 
0.0001 
yC0 2 
0.2158 
0.1675 
0.1735 
0.1314 
0.1179 
0.0897 
0.0342 
0.0253 
0.0097 
0.0068 
0.015 
0.027 
Table 5.6 shows a comparison of model results with experimental values for 
temperatures, pressures, liquid mole fractions, and vapor mole fractions respectively. 
Sublimation curve correlation as discussed in chapter 4 is used to calculate liquid mole 
fraction of carbon dioxide. Next step is using minimization as shown in Eq. 4.23; 
temperatures are adjusted and presented on the table. After that, liquid mole fractions of 
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carbon dioxide and temperatures are taken from sublimation curve correlation and liquid 
mole fractions of methane and ethane are taken from experimental data to model 
pressures. Finally, vapor mole fractions of carbon dioxide are modeled using liquid mole 
fractions and temperatures from our solid model and liquid mole fractions of methane 
and ethane from experimental data. It is clear from the table that average absolute 
deviations of temperatures, pressures, liquid mole fractions, and vapor mole fractions are 
0.912, 0.546, 6E-05, and 0.015 respectively. Also, the maximum absolute deviations of 
temperatures, pressures, liquid mole fractions, and vapor mole fractions are 1.701, 1.118, 
0.0001, and 0.027 respectively. It should be noted that our solid model agrees with the 
experimental data very well for ternary systems as well as for binary systems. Average 
absolute deviation of liquid mole fraction of carbon dioxide is almost 0.0, so this shows 
our model works perfect. Also, temperature and pressure average absolute deviations are 
very small (less than 1.0). 
As discussed above, ethane can also be used as additive to methane + carbon 
dioxide system to prevent solid formation as well as butane. Ethane addition gives useful 
results as shown in the next figure. 
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Figure 5.24 Mole percent C02-temperature diagram for CH4+CO2, 
C2H6+C02, and CH4+CO2+ C2H6 at different temperatures 
Figure 5.24 shows comparison of PC-SAFT with experimental data. Methane + 
carbon dioxide data (square) are taken from Davis et al. 5, ethane+ carbon dioxide data 
(triangle) and methane + ethane + carbon dioxide data (diamond) are from Kurata . The 
two bold solid lines are model result for freeze line of methane + carbon dioxide system 
68 
and methane +ethane + carbon dioxide system. The solid line (not bold) is model result 
for ethane + carbon dioxide freeze line. 
Both model results are in a good agreement with experimental data. Addition of 
ethane is useful because it is clear from the Figure 5.24 that addition of ethane increased 
the solubility of carbon dioxide. The open diamonds show methane + carbon dioxide + 
ethane experimental data and the filled diamonds are the model predictions. It is clear 
from the data that around -150 F there are two data points that overlaps with the ethane + 
carbon dioxide freeze line. Furthermore, there are two data points for every 
temperatures, and one of the data point at around -130 F and around -100 F are 
overlapping with the ethane + carbon dioxide freeze line. Finally, around -90 F and -85 F 
two data points are over the freeze line of ethane + carbon dioxide system. Certainly, 
lack of data for methane + carbon dioxide + ethane system makes comparison of 
experimental data harder. 
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5.2 Modeling Extreme High Pressure and High Temperature Systems 
There is increasing interest in deepwater reservoirs, but fluid properties have not 
been widely measured at extreme temperature and pressure conditions and equation of 
state models have not been tested at these conditions. Lack of knowledge can cause 
serious problems related to phase behavior, deposition and corrosion of the flowlines. In 
this work, we compare the ability of the PC-SAFT equation of state and the Peng-
Robinson equation of state to model density at extreme high temperature and pressure. It 
is clear from these results that the PC-SAFT equation of state is a good model over a 
wide range of conditions from gas processing at very low temperatures to deepwater 
reservoirs at extreme high temperatures and pressures. 
Density simulations are performed for several data sources and compared with the 
experimental data. 
5.2.1 Modeling Density of Hydrocarbons at Extreme Conditions 
Density is an important fluid property that affects fluid's behavior importantly. 
Therefore, PC-SAFT equation of state is used to predict densities of hydrocarbons at 
several temperatures for different hydrocarbons and then compared with experimental 
data. The parameters for the PC-SAFT model were fit to vapor pressure and saturated 
liquid density by Gross and Sadowski. 
5.2.1.1 Density Predictions of n-Octane 
The density for n-octane has been measured by several groups at extreme high 
temperatures and pressures. Data from two different sources will be compared 
individually with PC-SAFT results to more clearly show the accuracy of the model. We 
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also compare the performance of PC-SAFT and the Peng-Robinson cubic equation of 
state. 
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Figure 5.25 Density-pressure diagram for n-Octane. Comparison of PC-SAFT with 
experimental data of Caudwell et al 10 
In Figure 5.25, experimental data from Caudwell et al. 10 (symbols) are compared with 
PC-SAFT equation of state (curves) at five temperatures: 298.15, 248.15, 398.15, 448.15, 
and 473.15 K and at pressures up to 200 MPa. The model agrees well with the 
experimental data up to around 60 MPa, but deviation is seen above pressure. 
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Figure 5.26 Density-pressure diagram for n-Octane. Comparison of PC-SAFT 
with experimental data from Tanaka et al. 
ii • In figure 5.26, experimental data of Tanaka et al. is compared with PC-SAFT equation 
of state at three temperatures: 298.15, 323.15, 348.15 K and at pressures up to 150 MPa. 
Solid lines are model results and the symbols are experimental data for liquid n-Octane. 
In this figure, the simulation curve fits with the real data up to around 30 MPa, but 
deviation is observed above this pressure. 
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Figure 5.27 Consistency of data for density of n-octane 
Density of Octane is compared from different sources ' ' ' at different temperatures 
in Figure 5.27. There is general agreement between data sets. It can be seen from Figure 
25 and Figure 26 that PC-SAFT does good job up to 60 MPa and 473.15 K. 
73 
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with PR 
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Figure 5.28 Comparison of PC-SAFT and PR equations of states for density of n-octane 
Figure 5.28 shows that the PC-SAFT equation of state does an excellent job when 
compared to the Peng Robinson (PR) equation of state for n-octane density. Experimental 
data Caudwell et al. 10 is compared with PC-SAFT and PR equations of state at two 
temperatures: 298.15, 323.15 K and at pressures up to 200 MPa. Solid lines are model 
results and the symbols are experimental data for liquid n-octane. The PR equation of 
state shows poor agreement with the data. The cubic equation of state does a poorer job 
for higher molecular weight components. On the other hand PC-SAFT does a good job 
up to around 60 MPa pressures. 
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5.2.1.2 Density Predictions of n-Dodecane 
The density of n-dodecane is modeled at different temperatures and pressures from 
different sources. 
D 298.15 K 
o 348.15 K 
A 398.15 K 
« 423.15 K 
• 473.15 K 
600 -I 
550 -I 1 1 1 1 , 
0 50 100 150 200 250 
P,MPa 
Figure 5.29 Density-pressure diagram for n-dodecane from Caudwell et al.13 The 
curves are results from the PC-SAFT equation of state. 
Experimental data of Caudwell et al.12 are compared with the PC-SAFT equation of state 
at five temperatures: 298.15, 348.15, 398.15, 423.15, 473.15 K and at pressures up to 200 
MPa in Figure 5.29. Solid lines are model results and the symbols are experimental data 
for liquid n-dodecane. In this figure, simulation curve fits the real data up to 50 MPa, but 
above this pressure, the model predicts densities that are too high. 
850 
75 
12 Figure 5.30 Density-pressure diagram for n-dodecane from Tanaka et al. The 
curves are results from the PC-S AFT equation of state. 
In Figure 5.30, experimental data from Tanaka et al. n (symbols) are compared for liquid 
n-dodecane with PC-SAFT equation of state (curves) at three temperatures: 298.15, 
323.15, 3498.15 K and at pressures up to 150 MPa. In this figure, simulation curves fit 
the data up to 50 MPa and start to deviate above this pressure. 
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Figure 5.31 Consistency of data for density of n-dodecane ' 
11,12 Density of n-dodecane is compared from different sources ' at different temperatures 
and they agree with each other. It can be seen from Figure 5.29 and Figure 5.30 that PC-
SAFT does good job up to about 60 MPa and 473.15 K. 
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5.2.1.3 Density Predictions of Toluene 
Density measurements are shown in Figure 5.32 and 5.33 for toluene at a wide range of 
temperatures from two data sources. 
50 100 150 200 250 300 350 
P.MPa 
13 Figure 5.32 Density-pressure diagram for liquid toluene from Franck et al. The 
curves are results of the PC-SAFT equation of state. 
In Figure 5.33, PC-SAFT results (curves) are compared with experimental data (symbols) 
from Franck et al. at four temperatures: 323, 423, 523, 673 K and at pressures up to 
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300 MPa. Model shows very good agreement with experimental data for toluene density 
at up to 200 MPa and it starts to deviate for higher pressures. 
0.75 
0.7 
D Oliveira and Wakeham 303.15 K 
A Oliveira and Wakeham 323.15 K 
O Oliveira and Wakeham 348.15 K 
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250 300 
Figure 5.33 Density-pressure diagram for liquid toluene from Oliveira and 
Wakeham.47 The curves are results of the PC-SAFT equation of state. 
In Figure 5.33, model results start to deviate at lower pressures around 150 MPa. 
Symbols show experimental data from Oliveira and Wakeham 56 at three temperatures: 
303.15, 323.15, 348.15 K and at pressures up to 250 MPa. and curves represent model 
results. The PC-SAFT model shows very good agreement with experimental data for 
toluene density at extreme high temperatures and pressures up to 150 MPa. 
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Figure 5.34 Consistency of data for density of toluene 
Figure 5.34 shows a comparison of density of toluene is compared from different sources 
13,56,57
 a t different temperatures. It can be seen from Figure 5.33 and Figure 5.34 that PC-
SAFT models the system very well up to around 200 MPa. 
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5.2.1.4 Density Predictions for Pentane 
Density predictions are also performed using PC-SAFT equation of state for 
pentane. The Figure 5.35 shows that the model simulates the data very well. 
0 1000 2000 3000 4000 5000 6000 7000 8000 9000 
P, psia 
14 Figure 5.35 Density-pressure diagram for pentane from Lee and Ellington. The 
curves show predictions from the PC-SAFT equation of state. 
Density of pentane is compared with the experimental data of Lee and Ellington14 at 280 
and 460 F in Figure 5.35. The figure shows excellent agreement of the PC-SAFT model 
with the data 
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Chapter 6. Conclusions and Future Work 
6.1 Conclusions 
This thesis proposes a new method for determining solid solubility in different 
hydrocarbon mixtures in natural gas systems. As discussed in chapter 4, the PC-SAFT 
equation of state has the capability to model fluid properties over a wide range of 
conditions with excellent agreement with experimental data, thus offering a substantial 
advantage when compared to cubic equations of states. In fact, the carbon dioxide + 
methane complete phase diagram is modeled using PC-SAFT equation of state in chapter 
5. Only one temperature independent binary interaction parameter is used to model the 
whole system (vapor-liquid, liquid-solid, and vapor-solid equilibria). There are 
conflicting sets of data for solid-liquid equilibria of methane + carbon dioxide system. 
Solubility data are reviewed and compared with each other. Furthermore, this thesis gives 
clear and strong indication of correct results for solid carbon dioxide solubility and 
produces a model that agrees with experimental data from different data sources. Our 
discussion about different data sources and our model results for methane + carbon 
dioxide solid-liquid equilibria give more clarification of phase behavior of this system. 
Additionally, understanding freezing points for natural gas systems will make gas 
processing easy as discussed in chapter 5. The most advantageous part of our model is 
prediction of the change in carbon dioxide solubility with mixture composition. We find 
in agreement with data that adding heavier hydrocarbons to the methane + carbon dioxide 
system can prevent solid formation of carbon dioxide by increasing carbon dioxide 
solubility in liquid hydrocarbons and shifting the freeze out line to lower temperatures. 
To demonstrate this effect, methane + ethane + carbon dioxide and methane + butane + 
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carbon dioxide multicomponent systems are studied. As shown in chapter 5, our model 
gives good agreement with the experimental data for ethane + carbon dioxide and butane 
+ carbon dioxide as well as methane + carbon dioxide solid-liquid equilibria. Basically, 
results show how PC-SAFT equation of state is valuable because it is capable of 
modeling different heavier hydrocarbons with excellent agreement. 
Finally, this thesis also includes modeling work for extreme high temperature and 
high pressure conditions which usually occur in deepwater reservoirs. Lack of knowledge 
causes serious production problems related to phase behavior, deposition, and corrosion. 
The PC-SAFT equation of state is used to model extreme high temperature and high 
pressure conditions for different hydrocarbons and the results give us confident that PC-
SAFT is applicable to wide range of conditions. Furthermore, a cubic equation of state is 
used to model octane density, but the cubic equation of state does not correlated the data 
well as shown in chapter 5. 
6.2 Future Work 
The modeling work presented in this thesis is valuable for extending the studying 
of natural gas systems. 
First of all modeling heavier components such as hexane and methanol 
with methane + carbon dioxide system is needed to understand the effect of heavier and 
hydrogen bonding components on solid formation. 
Also, the PC-SAFT equation of state shows excellent results to model extreme 
high temperature and pressure conditions when compared to cubic equations of state. 
However, the PC-SAFT model needs to be modified to obtain better results at extreme 
conditions. 
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Finally, because water also causes solid formation like carbon dioxide as 
discussed in chapter 1, modeling water content of carbon dioxide mixtures is needed. 
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